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a b s t r a c t

We used optical methods such as Laser Induced Fluorescence (LIF) and confocal Laser Scanning Micros-
copy (LSM) to characterize gas–liquid phase distribution in rectangular microchannels. Using a 2 m long
microchannel with a hydraulic diameter of 200 lm enables the precise measurement of important
parameters such as liquid slug length, bubble length, pressure drop and film thickness at the wall as well
as in the corner of the microchannel for low Capillary numbers (Ca) ranging from 2 � 10�4 to 1 � 10�2.
This range of Ca was obtained by using different fluid pairs such as ethanol, water and different concen-
trated aqueous solutions of glycerol in combination with nitrogen.

The investigated segmented gas–liquid flow (Taylor flow) was very stable, meaning a standard devia-
tion of the measured gas bubble lengths of below 5% and 10% for the liquid slug length, respectively.
Using higher viscosities than 10 mPas resulted in an unstable flow – mainly due to the pressure drop.
For viscosities in the range of 10 mPas the flow pattern changes: the slug lengths are much longer than
the channel diameter.

We demonstrate that the film thickness in the corner slightly decreases with Ca. For low Ca the film
thickness at the wall stayed nearly constant. We observe a contribution of the film in the corner to the
total film area of about 70%. The obtained gas bubble length depends mainly on the viscosity and on
the pressure at the gas inlet. As the measured liquid holdup is in all cases higher than the theoretical
holdup defined by the flow rates, the bubbles move faster than the liquid phase. The measured values
are compared with literature data.

� 2008 Elsevier Ltd. All rights reserved.
1. Introduction

Microreaction technologies are of great interest for industry and
research in chemical engineering. The excellent heat and mass
transfer properties, continuous operation mode, advanced reaction
control and enhanced process safety enable microreactors as an
efficient tool for the fine chemical industry and provide new possi-
bilities in the performance of hazardous reactions (Jensen, 2001).
Depending on the microfluidic channel geometry and the flow
rates, three main flow regimes for gas liquid co-current flow in
microchannels can be differentiated: (1) The bubble flow regime,
where sphere-like gas bubbles flow within the continuous liquid
phase. (2) Taylor flow, which is discussed in this study, is charac-
terized by gas bubbles (gas bubble length lB < channel diameter
dh) alternating with short (liquid slug length lS � dh) liquid slugs.
(3) Annular flow is defined as a continuous gas core surrounded
by a liquid film at the channel wall. The liquid film in a rectangular
microchannel consists of a thin liquid layer at the channel wall and
liquid filled channel corners.
ll rights reserved.
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Taylor flow in microreactors has attracted great interest for
many chemical applications (e.g., Khan et al., 2004). By a recirculat-
ing motion in the liquid slugs mass transfer is enhanced between
the gaseous and the liquid phase and between the bulk liquid
and the liquid film (Waelchli and Rudolf von Rohr, 2006). Com-
pared to single phase flow, Taylor flow reduces axial dispersion
(Trachsel et al., 2005). In addition to recirculation, the bubble
length, slug length, film thickness and their distributions are other
important parameters for an optimized mass transfer. Knowledge
about bubble length, slug length and film thickness is crucial for
a quantitative analysis of the axial dispersion, gas–liquid mass
transfer coefficient and the transport to a catalytic channel wall
through the liquid film. Taylor flow in circular and rectangular cap-
illaries was reviewed by Kreutzer et al. (2005a).

1.1. Pressure drop

The total pressure drop in gas–liquid flow consists of the pres-
sure drop caused by the friction, pressure drop due to acceleration,
caused by gravity and by the shape of the bubbles.

ðDpÞtot ¼ ðDpÞfric þ ðDpÞacc þ ðDpÞgrav þ ðDpÞB ð1Þ

It can be assumed, that the pressure drop due to friction is the
dominant part. The pressure drop caused by acceleration can be

mailto:vonrohr@ipe.mavt.ethz.ch
http://www.sciencedirect.com/science/journal/03019322
http://www.elsevier.com/locate/ijmulflow


D.M. Fries et al. / International Journal of Multiphase Flow 34 (2008) 1108–1118 1109
neglected for small pressure drop values. Friedel (1978) stated, that
this is the case for Dp

p < 0:2. Otherwise the increase in the gas holdup
and therefore in the volumetric flow rate due to the pressure drop
will lead to an increase in the velocities. In this case the pressure
drop due to acceleration has to be calculated by:

Dpacc ¼ _m2 _x2
G

qG�G
þ

_x2
L

qL�L

� �
L¼LR

�
_x2

G

qG�G
þ

_x2
L

qL�L

� �
L¼0

 !
ð2Þ

Dpacc is the pressure drop due to acceleration, _m is the mass flux, LR

is the reactor length, � is the holdup, q the density and _x stands for
the mass transport fraction. The subscript G characterizes the gas
phase, L denotes the liquid phase. The pressure drop due to gravity,
ðDp
DL ÞGrav, defined by

Dp
DL

� �
Grav
¼ ð�GqG þ �LqLÞg sin u ð3Þ

can be neglected in horizontal pipes, as the inclination angle u will
be 0.

The pressure drop over a moving bubble due to the different
shape of the bubble front and bubble tail, caused by surface tension
effects, was found by Bretherton (1961) to be

DpB ¼ 3:58
r
r

ffiffiffiffiffiffiffiffiffiffiffi
9Ca23

p
ð4Þ

r is the bubble radius and Ca is the Capillary number defined as

Ca ¼ guB

r
: ð5Þ

g is the fluids dynamic viscosity, uB the bubble velocity and r the
surface tension. For Ca calculation, the total superficial velocity
was used. The model was validated experimentally in a circular
glass tube with a length of 1 m and an inner diameter of dh = 1 mm.

The frictional pressure drop can be calculated by:

Dp
LR

� �
fric
¼ fqLj2 2

dh
�L ð6Þ

For one-phase flow, the holdup �L is equal to 1. In case of two-phase
flow, the velocity j is the sum of the superficial velocity of both
phases. For the friction factor f different correlations for Taylor flow
can be found in literature. They are summarized in Table 1. In these
correlations, lS denotes the liquid slug length whereas the Reynolds
number Re is defined as Re = qL � (jL + jG) � dh/gL. Since the liquid
phase is the continuous one, the liquid fluid properties as well as
the velocity of the slug has to be used.

In all these experiments, the observed bubble velocity was
slightly increased compared to the superficial velocity, indicating
a liquid film surrounding the gas bubble.
Table 1
Correlations for the friction factor f

Reference Correlation

Standard, one phase laminar flow

f ¼ 16
Re

(7)

Bretherton (1961), analytical
solution

f ¼ 16
Re

1þ 0:465
dh

lS

1
Ca

� �0:33
" # (8)

Kreutzer et al. (2005b),
numerical, validated with
experiments in a circular
capillary for Re < 50,
dh = 2.3 mm

f ¼ 16
Re

1þ 0:17
dh

lS

Re
Ca

� �0:33
" # (9)
Lockhart and Martinelli (1949) proposed, that the pressure drop
of two phase flow will be correlated to the equivalent pressure
drop in one phase flow by the two-phase multiplier W2:

Dp
L

� �
2P;fric

¼ W2
L

Dp
L

� �
L;fric
¼ W2

G
Dp
L

� �
G;fric

: ð10Þ

Chisholm (1967) stated the dependence of W2 from the so called
Lockhart–Martinelli parameter X and a factor C:

X ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
ðDp=LÞL
ðDp=LÞG

s
ð11Þ

W2
L ¼ 1þ C

X
þ 1

X2 ;W
2
G ¼ 1þ CX þ X2: ð12Þ

In the past, various correlations for the factor C were proposed. They
are summarized in Table 2.

1.2. Phase distribution

The phase distribution can be quantified in different ways: one
is the liquid holdup, defined by

�L ¼
VS

VS þ VB
: ð16Þ

VS and VB stand for the volume of the slug and the bubble, respec-
tively, in a unit cell. Due to the fact that we analyze the length of
the gas bubble and liquid slug in the channel center via LIF, the vol-
ume of the gas and the liquid phase has to be estimated by assum-
ing the gas bubble front and tail to be a rotational ellipsoid. In
contrast to the liquid holdup (Eq. (16)) a volumetric flow ratio can
be defined by:

��L ¼
jL

jL þ jG
ð17Þ

These values characterize the relative amount of liquid in the
channel.

Additional, the ratio and the sum of the gas bubbles and the li-
quid slugs can be used to characterize the flow.

1.3. Film thickness

Knowledge about the liquid film thickness is essential, for axial
and radial mass transfer analysis. Quantification of axial mass
transfer behavior the liquid films in the corner of a rectangular
microchannel is of great importance, since the communication of
subsequent liquid slugs mainly occurs through the liquid filled cor-
ners. Fairbrother and Stubbs (1935) investigated the thickness of
the remaining liquid film when a long gas bubble (lB > 1.5dh) passes
a capillary. Using a 1 m long circular capillary with an inner diam-
eter of dh = 2.25 mm, they found out, that the bubble moves faster
than the liquid. Both, the velocity of the bubble and the remaining
film thickness were found to be dependent on

ffiffiffiffiffiffi
Ca
p

. The film thick-
ness d was expressed by

d ¼ dh

4

ffiffiffiffiffiffi
Ca
p

: ð18Þ
Table 2
Correlations for the Lockhart–Martinelli factor C

Reference Correlation

Chisholm (1967), both phases laminar,
circular tube, dh = 0.001–0.025 m

C = 5 (13)

Mishima (1996), circular tube, dh = 1–4 mm C ¼ 21 1� eð�0:349dhÞ
� �

(14)

Lee and Lee (2001)
C ¼ A � g2

L

qLrdh

q

CarRes
Lo

(15)
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Marchessault and Mason (1960) corrected this correlation to

d ¼ 0:5dh

ffiffiffiffi
g
r

r
ð�0:05þ 0:89

ffiffiffiffiffi
uB
p
Þ: ð19Þ

Taylor (1961) extended the range of experimental data up to Ca = 2,
where a limiting value of 4d/dh = 0.56 was suggested. Numerical
considerations done by Bretherton (1961), assuming negligible
inertia and gravity effects in horizontal capillaries, refined the re-
sults done by Fairbrother and Stubbs (1935):

d ¼ 0:66dhCa2=3: ð20Þ

Irandoust and Andersson (1989) did experimental research on up-
ward and downward Taylor flow in vertical tubes of an inner diam-
eter of dh = 1–2 mm and a length of L = 0.4 m. They modified the
correlation in Eq. (20) to

d ¼ 0:18dh½1� expð�3:1Ca0:54Þ�: ð21Þ

Investigations with varying fluids and varying tube radii done by
Aussillous and Quere (2000) gave the following inertia-dependent
correlation:

d � dh
Ca2=3

1þ Ca2=3 �We
ð22Þ

with We = qLu2/r. All correlations presented above for liquid film
thickness discuss semi-infinite bubbles in circular capillaries. In
rectangular microchannel one observes the forming of two different
film regions. Fig. 1(a) shows a schematic phase distribution in Tay-
lor flow in capillaries. In contrast to circular capillaries, where a
constant film thickness is created (Fig. 1(b)), square capillaries form
a corner film region and a wall film region with dimensions of dif-
ferent magnitude (Fig. 1(c)). The gas bubble is non axisymmetric.
For the wall film thickness in square capillaries often correlations
for circular capillaries were used. The wall film is present only in
the middle of the channel. A transition region between the corner
and wall film is observed, where the liquid film reaches a minimum
thickness. These contact lines of the gas bubble with the channel
wall were also discussed by Wong et al. (1995). For higher Ca num-
bers an axisymmetric gas bubble is formed as the film increases in
thickness (Fig. 1(d)). In our observed Taylor flow regime short gas
bubbles in the order of several channel diameter occur. Measure-
ments of the liquid film in square capillaries were conducted by
Kolb and Cerro (1991) and Thulasidas et al. (1995). The numerical
simulation by Hazel and Heil (2002) for the wall film thickness
could not be validated by the results from (Kolb and Cerro, 1991).
At the limit Ca ? 0, (Wong et al., 1995) found the film in rectangu-
lar microchannels to be non uniform in thickness in lateral and axial
direction.
Fig. 1. Scheme of the liquid film distribution in Taylor flow in microchannels. (a)
Schematic phase distribution in Taylor flow. The arrow indicates the flow direction.
(b) Section A–A0 for circular capillaries. (c) Section A–A0 at low Ca(O(10�3)). (d)
Section A–A0 at high Ca(O(10�1)).
In our study we characterize Taylor flow in rectangular micro-
channels with a hydraulic diameter of (dh = 200 lm) made of Sili-
con and glass. Confocal Laser Scanning Microscopy (LSM) and
Laser Induced Fluorescence (LIF) are used for the optical investiga-
tion of Taylor flow at different liquid and gas flow rates. Bubble and
slug lengths as well as their distributions and film thicknesses at
the wall and in the corners of the channel were measured. LSM en-
ables a precise spatial measurement of time averaged liquid and
gas distribution in a microfluidic channel. Liquid holdup was ana-
lyzed by LIF. Measurements were conducted at low Ca in the range
of O(10�4)–O(10�2). At these low Ca surface tension dominates and
little impurities may cause large deviation in film and bubble
geometry in the microchannel due to Maragoni effects. Experimen-
tal determination of film thickness is crucial since numerical meth-
ods have difficulties to resolve the thin films which rearrange over
a long axial length scale (Hazel and Heil, 2002; Taha and Cui, 2006).

2. Experimental setup

The microfluidic channel device consists of a 2 m long single
channel made of Silicon and glass. The surface roughness of the
dry etched channels was 0.15 ± 0.02 lm. A scheme of the microre-
actor is shown in Fig. 2.

The microreactor was designed to guarantee a continuous and
stable gas injection and an enhanced stable two-phase flow, Kreut-
zer et al. (2006). The gas inlet (Fig. 2, detail A) with a channel width
of 100 lm allows a continuous and stable injection of the gas in the
liquid stream and a uniform formation of the segmented gas–liquid
flow. A scheme of the gas inlet is illustrated in Fig. 2, detail B. Be-
fore the gas enters the main channel via a T-junction an inlet zone
of meandering channels increases the pressure drop and creates a
stable gas injection. The microfluidic channel has a length of
LR = 2 m and a height equal to the width of 200 ± 2 lm. Due to
the fabrication process the height is constant over the complete
chip. The curve radius is large enough to fulfill the assumption of
a straight channel. The Dean Number (Dn ¼ Re

ffiffiffiffiffiffiffiffiffiffiffi
dh=R

p
¼ 3 . . . 70, R

is the radius of the curve) is small enough to prevent recirculation
in the liquid slug due to centrifugal forces. The outlet equipped
with a gas–liquid separator (Guenther et al., 2005) reduces the
pressure fluctuations compared to a common outlet of the gas
and liquid phase by a factor of 10. The separator consists of 30 cap-
illaries with a width of 20 lm orthogonal to the main channel.

Flow rates are in the range of 20–60 lL/min for the liquid phase
and 30–100 lL/min for the gas phase, relevant for reactions with
residence times in the order of minutes. The corresponding super-
ficial velocities are jL = 0.008 m/s � 0.025 m/s and jG = 0.013 m/
s � 0.042 m/s. As fluids, ethanol, water and glycerol in aqueous
solution at different concentrations and nitrogen were used. The li-
quid phase was colored with Rhodamine B in a concentration of
5 � 10�5 M and Fluorescein. The physical properties of the used
fluids are summarized in Table 3.

The liquid phase was fed with a syringe pump (Harvard Apara-
tus, accuracy within 0.35% and reproducibility within 0.05%). The
gas phase was controlled by a mass flow controller (Bronkhorst,
accuracy ±0.5% of reading plus 0.1% full scale). Pressure transduc-
ers (Endress and Hauser) with an accuracy of 0.5% full scale were
attached to the microreactor 5 cm above the inlet.
3. Measurement methods

3.1. Laser induced fluorescence

The Laser Induced Fluorescence (LIF) measurements were per-
formed on an inverted microscope (Zeiss). This method is widely
used for flow characterization in microfluidics, see (Guenther



Fig. 2. Scheme of the used reactor, whereas the gas–liquid contactor and the separator provide a stable two-phase flow.
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et al., 2005; de Mas et al., 2003; Trachsel et al., 2005; Waelchli and
Rudolf von Rohr, 2006). As light source a double-pulsed Nd:YAG-
Laser (NewWave) with an illumination time of 5 ns per shot and
a minimum time delay of 4 ls between both shots was used. The
laser light with a wavelength of 532 nm is absorbed by the Rhoda-
mine B colored liquid phase and orange light is emitted. After pass-
ing a dichroic mirror, the emitted light was detected by a CCD
camera. The maximum acquisition frequency is 5 Hz for the dou-
ble-framed double exposed pictures. The system was synchronized
by a programmable timing unit (PTU 9, LaVision). Each measure-
ment consists of 200 double-framed double-exposed pictures and
was repeated at least one time. The field of view was
1400 lm � 1050 lm. Background uncertainties and light scatter-
ing at the channel walls were eliminated by the calibration. The
time delay for both exposures was varied between 200 ls and
1000 ls. Before each measurement, the flow was stabilized at least
for 30 min.

To determine the velocity of the two phase flow, a high speed
camera (LaVision) instead of the CCD camera was used. We took
a sequence of 1000 images, recorded with the frequency of
3000 Hz at the gas inlet and analyzed the frequency of the gas bub-
bles via Fast Fourier transformation using Matlab software. The fre-
quency was used to calculate the bubble velocity.

3.2. Confocal laser scanning microscopy

To increase the depth resolution a confocal Laser Scanning
Microscope (LSM 5 Pascal, Zeiss) was used to measure liquid film
thickness. The main difference between LSM and conventional
microscopy is the pixel-wise (serial) transformation of the object
with a pointscanner in LSM, while the object is simultaneously
(parallel) transformed in conventional microscopy. The key advan-
tage of LSM is a confocal aperture, which enhances the contrast
and reduces scattered light from out of focus object slices. The
experimental setup is shown in Fig. 3.

The possibility of depth-wise optical slicing of an object makes
this measurement technique beneficial for 3D flow visualization in
microchannels by fluorescent microscopy. Depth discrimination
Table 3
Properties of the used fluids at 20 �C

Fluid q (kg/m3) r (mN m) g (mPa s)

Ethanol 789.4 21.97 1.074
Water 998.3 74.54 1.025
20 wt% Glycerol in water 1050 70.2 1.76
40 wt% Glycerol in water 1103 68.2 3.72
60 wt% Glycerol in water 1155 66.9 10.8
and stray light suppression are the main features of confocal
LSM. Until now the LSM suffered from its low temporal resolution
in the range of 2–3 optical slices per second. Recently high speed
confocal scanner, able to acquire 2000 frames per second, were
introduced in confocal microscopy for l-Particle Image Velocime-
try (l-PIV) measurements (Kinoshita et al., 2007). Confocal micros-
copy was used in microfluidic research mainly for the
characterization of mixing (Stroock et al., 2002), 2D and 3D veloc-
ity measurements by l-PIV (Park et al., 2006) and the monitoring
of chemical reactions by Raman spectroscopy (Fletcher et al.,
2003).

3.2.1. Resolution LSM
In order to represent the resolution independent of the objec-

tive used it is necessary to define a new optical coordinate ‘‘Airy
Unit” AU.

1 AU ¼ 1:22�k
NA

ð23Þ

where �k is the wavelength of the illuminating laser light and NA the
numerical aperture of the objective. AU is primarily used to normal-
ize the pinhole diameter. z- and x-resolution is expressed by two
terms; a wave-optical term and a geometric-optical term. At small
pinhole diameter PH the geometric-optical effect on the pinhole
can be neglected. As our measurements were conducted at
PH = 1 AU the pinhole is not considered to be infinitely small. In this
case, the optical slice thickness, resolutions in z- and x-direction are
defined by following expressions: optical slice thickness:ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi

0:88kem

n�
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
n2 � NA2

p
 !2

þ
ffiffiffi
2
p

n � PH
NA

 !2
vuut ð24Þ

z-resolution:

0:88kexc

n�
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
n2 � NA2

p ð25Þ

x-resolution:

0:51kem

NA
ð26Þ

where kem,exc are the wavelength of the emitting and exciting light,
respectively, n is the refractive index of immersion liquid, NA the
numerical aperture of the objective and PH in lm. The calculated
z- and x-resolution in the presented study is 2.15 lm and
0.46 lm, respectively.

The serial operation mode of a LSM leads to a limited temporal
resolution of the measurement. Our measurements were



Fig. 3. Used experimental LSM-setup.
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conducted with a pixel time of 0.81 ls, thus a frame of
1024 � 1024 pixel2 is recorded in 0.85 s. A stack of 200 optical
slices was accomplished in 170 s.

Stationary Taylor flow in rectangular microfluidic channels is
characterized by the alternating flow of gas bubbles and liquid
slugs. The subsequent liquid slugs are connected to each other
via liquid films at the channel wall and in the corners of the chan-
nel. The temporal resolution of the LSM is too low, that a sharp
instantaneous 3D image of a channel section can be realized. To
analyze time averaged films in Taylor flow, 1024 pictures in the
direction of the channel length were averaged over a length of
420 lm. The regions of permanent liquid films are then indicated
by higher intensity than the core region of the channel where gas
and liquid passed by during the measurement. The measured li-
quid film thickness of the liquid film in our measurements is as-
sumed to be constant and possible instationary effects are
neglected. The data represents a time averaged thickness of the li-
quid at the wall and can also be interpreted as region with highest
probability of liquid being present surrounding the gas bubble.

3.2.2. Image processing
Fluorescence microscopy is used to visualize the liquid phase

distribution in the microfluidic channel. Fluorescein (peak emis-
sion = 520 nm) is added to the liquid phase and excited with a laser
of 488 nm wavelength. A low pass filter provides only the emitted
light to be detected by the photomultiplier.

During measurement the microreactor is placed on a precision
stage connected via flexible tubing to gas and liquid feed described
in Section 2. We used a 20� long working distance objective
(NA = 0.6) with correction for different cover glass thicknesses.
The correction was needed for a correct reproduction of the length
scales in depth through the glass cover of the microfluidic channel.
Optical slices in channel depth were recorded with a confocal laser
scanning microscope (LSM 5 Pascal, Zeiss). The frame size was
1024 � 1024 pixel2 corresponding to a field of view of
420 � 420 lm2. The optical slice thickness was 0.41 lm. Since only
the films at the top of the microfluidic channel were observed, the
stack size in z-direction was 75–100 lm. The pinhole diameter was
set to a constant value of 112 lm, corresponding to 1 AU. The
acquisition time for one pixel was 0.81 ls and two measurements
were averaged per pixel for better statistics.

Fig. 4 shows the schematic operations of the data analysis. The
acquired images are time averaged pictures of subsequently pass-
ing liquid slugs and gas bubbles. By averaging the images in flow
direction, regions of permanent liquid coverage have a significant
increased intensity compared to regions where both gas and liquid
pass through during the acquisition time of a stack of pictures.
Edges of the liquid regions and thresholds were detected using
the software Matlab. The optical slices were acquired and stored
as a stack pictures (Fig. 4(a)). When a xy-frame was recorded,
55% or more of the frame is covered by gas, hence has zero inten-
sity. The stack then was sliced in x-direction, where each frame
represented a slice in direction of the channel length (Fig. 4(b)).
By averaging all 1024 yz-frames, a distinction between perma-
nently wetted areas and areas of passing liquid and gas can be
made via thresholding (Fig. 4(c)). The wall film at the channel
top (df) and in the film in the two corners (dc) were determined
by a Matlab program (Fig. 4(d)). The robustness of the method
was verified by threshold variation.

The channel top wall, the schematic bubble shape and the film
width are indicated by the white lines. The channel walls could be
indicated clearly by applying an automated threshold at the chan-
nel edges. Light scattering on the transition from the glass to the
thin liquid film and from the liquid film to the gas phase was taken
into account for the identification of the film thickness. The wall
film thickness was defined by the length from the channel edge
to the first minimum intensity. This region showed the highest
intensity values and therefore the other parts of the wall film were
assigned to light scattering. The corner film thickness was calcu-
lated by the diagonal distance between the channel corner and
the transition from liquid to the gas phase.

The wall film width was analyzed from the intensity profile at
the top channel wall and is indicated by the white lines in
Fig. 4(d). Higher intensities represent liquid present at the wall.
The two minima of the intensity distribution indicate the transi-
tion from the corner film to the wall film at the top channel wall.
The distance between these points is defined as the film width w.
4. Results and discussion

4.1. Slug length

Analyzing the slug lengths over the complete channel length re-
sult in a constant slug length, except for ethanol. In contrast to
water and glycerol, the evaporation of ethanol was observed with-



Fig. 4. Scheme of data analysis for the determination of the film thickness. (a) Optical slices in direction of the channel depth recorded with the LSM. (b) Reconstruction of yz
slices. (c) Average image of all yz slices in channel length direction. (d) Average image of the channel cross section with a schematic outline of the channel wall and observed
films. Film thicknesses at the channel top (df) and in the corner (dc) were measured.
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in the first 700 mm in the reactor. For comparison reasons, we use
the slug length 105 mm behind the gas inlet for the following con-
siderations. The measured slug lengths are summarized in Fig. 5. In
general, the slug length increases with increasing superficial liquid
velocity at a constant gas flow rate. At theoretical holdup values
(see Eq. (17)) larger than 0.25 an increase in the viscosity will re-
sult in higher liquid slug lengths. Lower ��L-values result in constant
liquid slug lengths for increasing viscosity values. The slug lengths
are not as stable as the gas bubble lengths: standard deviations are
in the range of 10%, for high liquid rates at a given gas flow rate
even higher.

4.2. Bubble length

The bubble length was analyzed over the complete channel
length. Due to the pressure drop in the channel an elongation of
Fig. 5. Measured slug lengths 105 mm behind the gas inlet. Superficial gas velocity
was in all cases jL = 0.0416 m/s. Lines are best fit.
the bubbles was observed. To verify the pressure drop as reason
for this elongation, the pressure was measured at the liquid inlet
and at the liquid outlet. Note, that due the capillary at the outlet
the pressure at the liquid outlet is not the atmospherical one.
Assuming ideal gas behavior and neglecting turns and manifolds
as pressure resistance, we calculate the gas bubble length accord-
ing to the measured pressure drop and the gas bubble length
closed to the gas inlet:

p1 � V1 ¼ p2 � V2 ) p1 � lB;1 ¼ p2 � lB;2 ¼ pðLÞ � lBðLÞ: ð27Þ

The subscripts 1 and 2 characterize an arbitrary position in the reac-
tor. Assuming Dp v LR leads to

pðLÞ ¼ Dptot � LR

L
ð28Þ

In Fig. 6 the measured gas bubble length lB is plotted over the reac-
tor length LR for ethanol-nitrogen. It can be seen, that the gas bubble
Fig. 6. Bubble length over the reactor for ethanol–nitrogen at constant
jG = 0.0416 m/s and varying jL. Dotted lines represent the calculated values by Eq.
(28).



Fig. 8. Measured pressure drop as function of square of the total superficial
velocity.
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length depends on the pressure and, for a constant superficial gas
velocity of 0.042 m/s, on the superficial liquid velocity: an increase
in the liquid flow rate results in a decrease of the gas bubble length.
The gas bubble elongation is caused only due to the pressure drop,
no coalescence was observed. The dotted lines with the calculated
gas bubble length based on the measured pressure drop and Eq.
(28) fit the measured bubble lengths with a correlation coefficient
of 0.99. For the other fluid pairs the same trend was observed.

In Fig. 7(a) the dimensionless gas bubble length is plotted ver-
sus the viscosity at the gas inlet. Increase of the viscosity leads to
decreasing bubble length. At low liquid flow ratio, the gas bubbles
are longer compared to high liquid flow rates. The measured stan-
dard deviation of the gas bubble length is in all cases around 5%,
only for water as liquid phase standard deviations in the range of
10% were observed. The bubble length variation is influenced by
the geometrical situation at the gas inlet. Additionally a non-pul-
sating liquid pump and a constant gas flow rate are the basics for
a stable flow. The bubble breakup procedure at the gas inlet is very
sensitive to small changes in the flow rate, to changes in the sur-
face tension (Marangoni effects) and to the geometry, including
the wall roughness (Garstecki et al., 2006). As the geometry is kept
constant for all experiments, the higher fluctuations for the gas
bubble length for low-viscosity liquids indicates the sensitivity.
In Fig. 7(b) the calculated bubble length for atmospheric pressure
is plotted versus the viscosity. It is important to note that increas-
ing viscosity leads to increase in gas bubble length at standard
conditions.

4.3. Pressure drop

As described in Section 1.1, the pressure drop consists of pres-
sure drop due to acceleration, due to gravity and due to surface
tension. The acceleration forced pressure drop was for all measure-
ments below 100 Pa (Eq. (2)). The pressure drop due to gravity (Eq.
(3)) can be neglected due to the horizontal position of the microre-
actor. The pressure drop due to the surface tension (Eq. (4)) is in
the same range than the pressure drop due to acceleration. There-
fore the pressure drop in our experiments was assumed to consist
only of the frictional pressure drop (Eq. (6)).

The overall pressure drop was measured between the liquid in-
let and the liquid outlet. The results are shown in Fig. 8, indicating
that the pressure drop depends on the sum of the superficial veloc-
ities and on the fluid properties. Increasing the velocity leads to an
enhanced pressure drop. The increase is linear to the square of the
Fig. 7. Gas bubble length versus viscosity. Lines represent best fit. (a) Bubble lengths 10
velocity. Less viscous fluids give smaller pressure drop values than
fluids with a higher viscosity. A decrease of the pressure drop is ob-
tained by increasing the surface tension. Note, that these conclu-
sions are only valid if all other parameters are kept constant. A
change in the surface tension and/or in the viscosity varies the slug
length, as shown in Section 4.1. Due to the recirculation movement
shorter liquid slugs lead to enhanced pressure drop per unit length.
In Fig. 9(a) the measured pressure drop values are compared with
literature models (Table 1): the homogenous model, where the
friction factor is calculated by f = 16/Re and the models by Brether-
ton (1961) and Kreutzer et al. (2005b), which include correction
factors for the pressure drop due to the recirculation in the liquid
slug. Obviously the one-phase model underpredicts the pressure,
which is consistent with literature. The model of Bretherton
(1961) describes the experimental results better than the model
of Kreutzer et al. (2005b). It should be noted, that the factor
s = 0.17 in the model of Kreutzer et al. (2005b) was found empiri-
cally for a round capillary with dh = 2.3 mm. We fitted this factor
by the least square method and obtained the best result for
s = 0.28. The underprediction of the model by Kreutzer et al.
(2005b) has two reasons: first, we use a rectangular channel with
dh = 0.2 mm, whereas (Kreutzer et al., 2005b) used a circular capil-
lary with a diameter of dh = 2 mm. The difference of the diameter
5 mm behind the gas inlet. (b) Corrected bubble lengths for atmospheric pressure.



Fig. 9. Comparison of the measured pressure drop with literature models based on the one phase pressure drop (a) and the model proposed by Lockhart-Martinelli (b).

Fig. 11. Bubble-to-slug ratio 105 mm behind the gas inlet for different velocity
rates. The superficial gas velocity was in all experiments 0.0416 m/s. Lines are best
fit.
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by one magnitude should have no influence, as Bo ¼ qd2
hg=r is in

both cases below 3. To our opinion, the non-constant film sur-
rounding a bubble in a rectangular microchannel and the wall
roughness, which is more important in microstructures, leads to
an elevated pressure drop. The models based on the Lockhart–Mar-
tinelli theory (Eq. (10)) are depicted in Fig. 9(b). Good agreement
for the models based on microchannels is observed, whereas the
model developed for circular pipes in the macro scale overpredicts
our measurements.

4.4. Phase distribution

As can be seen in Fig. 10, the liquid holdup at atmospheric pres-
sure corresponds reasonable to the volumetric flow rate. The liquid
holdup changes significantly by passing the reactor due to the
pressure drop.

Additional, the ratio and the sum of the gas bubble lengths and
the liquid slug lengths can be used to characterize the flow. We
consider the ratio of the gas bubble lengths to the liquid slug
lengths close to the reactor inlet as it is illustrated in Fig. 11. These
results give an information about the bubble breakup at the gas in-
let. Due to different pressure drop values, the pressure at the inlet
changes for different liquids and velocities. A clear tendency can be
seen: the bubble-to-slug-length ratio depends strongly on the vis-
Fig. 10. Liquid holdup versus the viscosity. The superficial gas velocity was in all
experiments 0.0416 m/s.
cosity and the velocity rate, whereas increasing the viscosity leads
to a decreasing bubble-to-slug-length ratio.

4.5. Velocities

Bubble velocities are plotted in Fig. 12 versus the sum of the
superficial inlet velocities at inlet conditions. Obviously, the mea-
sured velocity gives higher values than the corresponding superfi-
cial inlet velocity. An exception must be made for the flow of 60%
glycerol for superficial liquid velocities of jL = 0.0167 m/s and
jL = 0.025 m/s. As mentioned before, the flow properties for these
two experiments were different to experiments at lower viscosi-
ties. The higher measured bubble velocities compared to the super-
ficial velocities indicate, that the effective channel area available
for the gas phase is smaller than the total channel area. This means,
that a liquid film with a lower velocity covers some part of the
channel. The result indicates that the bubbles move faster than
the liquid slugs.

4.6. Film thickness

The data from confocal microscopy are used to analyze quanti-
tatively film thickness and film width.



Fig. 12. Measured bubble velocity versus the superficial inlet velocity. The straight
line indicates uB = jG + jL, the dotted line uB = 1.1 (jG + jL).

Fig. 13. Measured film thicknesses for different fluids. Filled symbols represent the
film thickness in the corner and open symbols the wall film thickness, respectively.

Fig. 14. Measured wall film width at different Ca.
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Results of film thicknesses are plotted, together with correla-
tions from literature, in Fig. 13. First, we consider the situation at
the corner. The correlation done by Kreutzer et al. (2005a) slightly
overpredicts the film thickness of the experimental data. This cor-
relation was used for Ca values ranging from 2 � 10�4 to 10. The
general decreasing tendency with decreasing Ca is the same for
the measured values and the model. The difference is more pro-
nounced at low Ca, where shorter bubbles in the segmented gas li-
quid flow occur. At higher Ca the gas bubbles elongate and the
measurements are better comparable to literature, where mostly
semi-infinite gas bubbles at higher Ca were measured. For small
Ca (Ca < 0.001) the corner film thickness is nearly independent
from the Ca. The ratio of the film thickness in the corner to the
hydraulic channel diameter remains constant at around 0.1.

For the film thickness at the wall, the model by Bretherton
(1961) (Eq. (20)) proposes a dependency of Ca2/3, also for small
Ca. The measurements done by Kolb and Cerro (1991) for a semi-
finite gas bubble lead to the assumption, that for Ca < 0.01 no sig-
nificant change of the film thickness for further reducing Ca occurs.
Using a smaller channel, our measurements confirm this trend. For
Ca < 0.01, the ratio of the film thickness at the wall to the hydraulic
channel diameter is constant at a value around 0.02. Due to the
limited optical resolution, the uncertainty of the measurements
in this range is relative high. The measured film thickness is around
df = 4 lm, and the resolution in the z-direction is ±2.15 lm. There-
fore the mean value of the measurements is indicated in Fig. 13
with the according expected measurement error. It is seen that
the majority of the measurements are within this interval. The
model by Fairbrother and Stubbs (1935) (Eq. (18)), which gives rea-
sonable agreement with experimental results for Ca > 0.1 cannot
be adapted to the measurements at Ca < 0.01. At low Ca none of
the existing correlations describe the experimental data.

By other authors, there was always a significant deviation of
experimental results of wall film thickness compared to Brether-
ton’s theory. Thicknesses larger than theory were measured at very
low Ca. The larger values were contributed either to the surface
roughness (Chen, 1986) or to small amounts of adsorbed surface-
active contaminants on the gas–liquid interface (Ratulowski and
Chang, 1990). In regions of high surfactant concentrations (bubble
front) the interface becomes more rigid. At low surfactant concen-
tration (film) the surface tension is larger and induces more liquid
to flow into the film. This leads to an increased wall film thickness.
The latter theory was developed for long gas bubbles (lB > 20dh),
therefore it is difficult to adapt the results to Taylor flow with bub-
ble length in the order of a few channel diameters. In Fig. 13 the
correction of Brethertons theory for Maragoni effects is shown
(Ratulowski and Chang). Additionally the theory by Bretherton is
applicable for circular capillaries. In our case of a square micro-
channel, the wall film thickness is developing on a flat area. In case
of low Ca, the situation is reduced to a static wetting problem
assuming zero velocity in the film. The film thickness then is de-
fined only by the surface tension of the fluid and the wall material.
As inertial effects are negligible, a constant film thickness is ob-
tained. This corresponds to the theory of the corner wall thickness,
where an asymptotic value for the thickness at Ca ? 0 is obtained
(Wong et al., 1995).

4.7. Film width

Fig. 14 shows that the film width is decreasing with increasing
Ca. This corresponds to the slightly increasing corner film thick-
ness. With increasing corner liquid volume the gas bubble becomes
more symmetric and the film width decreases (compare Fig. 1).
Former studies reported an axial symmetric gas bubble (body) at
higher values of Ca � 0.1 (Kolb and Cerro, 1991). Our measure-
ments were done at lower Ca numbers, that this transition cannot
be observed.
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4.8. Film area

The total film area in a channel cross section was calculated
assuming a tangential transition from the corner film to the wall
and a rectangular shape of the wall film which is calculated with
the measured thickness and width. The corner film area can be ex-
pressed as Ac ¼ 4r2

c ð1� p=4Þ. rc defines the radius of the gas bubble
in the corner, which can be calculated using geometrical con-
straints reported in Kolb and Cerro (1991). The wall film area is de-
fined as Af = 4 dfw. The relationship between film area, the bubble
velocity (uB) and the liquid slug velocity (uS) can be investigated
from the overall mass balance between a cross section where gas
and liquid is present and a cross section through the liquid slug.
At steady state and incompressible conditions, assuming zero
velocity in the liquid film for horizontal flow, the mass balance
leads to the relation

ABuB ¼ AChanneluS ð29Þ

where AB is the area occupied by the gas bubble and AChannel the
cross section of the channel. This leads to

1þ Ac þ Af

AChannel
¼ uB

uS
: ð30Þ

Eq. (30) shows that the bubble velocity is always faster than the li-
quid slug velocity, since the corners of the microchannel are always
wetted by liquid and therefore the total film area (Af + Ac) does not
vanish.

The film area is difficult to obtain, since the transition area from
the wall film to the corner film is hard to resolve. An approxima-
tion of the area lead to a ratio of (Af + Ac)/AChannel of about 10% for
a water/nitrogen mixture at Ca = 0.003. With Eq. (30) a velocity
of the bubble in the same range is also confirmed in Fig. 12. The
corners contribute at the measured Ca number with about 70% to
the total film area. Theoretical limits for the liquid covered area
are known from literature (Kreutzer et al., 2005a). At Ca ?1 the
total film area covers 61.5% of the channel area. Assuming only cor-
ner films at Ca ? 0 and a maximal bubble diameter in the diagonal
direction of 1.2 dh the minimal total film area is 5.7%.
5. Conclusion

In this article, we characterized Taylor flow in a 2 m long rect-
angular microchannel by optical methods and pressure drop mea-
surements. The microchannel was designed for minimal
disturbance of the sensitive flow by the inlet and outlet. A detailed
analysis of the liquid slug length, the gas bubble length, the pres-
sure drop, the liquid holdup, the bubble velocity and the liquid film
is provided.

The liquid slug length increases with increasing viscosity.
This effect is more pronounced for higher liquid velocities at
constant gas velocity. The slug length varies between O(dh) for
low viscosity and velocity and O(4dh) for high viscosity and
velocity.

At constant pressure, the bubble length increases with increas-
ing viscosity where higher liquid velocities lead to decreasing gas
bubble lengths. The pressure drop was correlated with different
models. Best agreement was obtained with the correlation of
Bretherton (1961). An adapted correlation for the friction factor
based on the model of Kreutzer et al. (2005a) was presented. The
liquid holdup varies significantly along the channel length due to
the pressure drop.

A long channel is required for chemical reactions with longer
residence times as well as for neglecting the effects of manifolds
as the inlet and the outlet. A tradeoff between the pressure drop
and the reactor length is mandatory.
The bubble velocity was found to be about 10% higher than the
sum of the corresponding superficial velocities. For small Ca, only
small dependencies of the dimensionless film thickness in the cor-
ner as well as at the wall were observed. In this Ca range, a wall
film thickness of constant size is due to the dominating surface
tension and therefore mainly depending on the wetting properties.
The wall film width decreases with increasing Ca according to a
more symmetrical gas bubble shape. The area covered by the film
consists of 10% of the total cross section, which is identical to the
increased gas bubble velocity compared to the total superficial
velocities.

These results allow in a further mass transfer analysis the deter-
mination of (i) degree of axial dispersion between neighboring li-
quid slugs through the film (ii) gas–liquid-interfacial area for
gas–liquid mass transfer (iii) mass transfer through the liquid film
to the wall in case of catalytic reaction. Further investigations have
to focus on the velocity profile in the liquid film by l-Particle Im-
age Velocimetry.
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